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A one-dimensional nonequilibrium model for multicomponent condensation is used 
to simulate a vertical single-pass shell-and-tube heat exchanger in an industrialgas-phase 
polyethylene reactor system. Starting the calculation at the top of the exchanger, the 
model can predict temperatures at the bottom of the exchanger within an accuracy of 

5 K as compared to three sets of industrial data. Sensitivities of model predictions 
were analyzed, including uncertainties associated with physical and transport property 
estimates, step size, and convergence criterion. Model predictions are not particularly 
sensitive to the estimation errors of physical and transport properties if K values are 
calculated using an equation of state applicable to both liquid and vapor phases. Effects 
of operating conditions on heat removal from polyethylene reactors were investigated for 
an existing process. It was quantitatively demonstrated why and how severely noncon- 
densable gases impede condensation heat transfer. The level of noncondensable gases 
and the cooling water temperature are the two most important factors influencing the 
heat-removal rate. Replacing a portion of noncondensable gas, such as N2, with a 
condensable fluid that is inert to polymerization reactions can substantially increase the 
heat-removal rate from the reactor, thereby allowing for an increase in polymer produc- 
tion rate. 

Introduction 
For gas-phase fluidized-bed polethylene reactors, heat re- 

moval from the reaction zone is one of the controlling factors 
that limits the production rate (Jenkins et al., 1986). The most 
common means of heat removal is to compress and cool the 
recycle gas mixture in an external heat exchanger. The recy- 
cle gas is then combined with fresh feed to the reactor. An 
industrial gas-phase polyethyelene reactor system is shown in 
Figure 1. Because the recycle stream is much larger than the 
fresh feed due to low conversion per pass ( 2 4 % )  (Choi and 
Ray, 19851, the cooling capacity of the recycle gas is a domi- 
nant factor that determines the maximum possible produc- 
tion rate of polymer. Substantial increases in space-time 
yields have been achieved by introducing condensed mode 
operation (Burdett, 1988). In condensed mode operation, a 
portion of the recycle-gas mixture is condensed in the heat 
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exchanger and the resulting liquid/vapor mixture is then re- 
turned to the reactor. As a result, the cooling capacity of the 
recycle stream is increased due both to the lower tempera- 
ture of the entering recycle stream, and the latent heat of 
vaporization of condensed liquid entrained in the recycle 
stream. It has been shown that the heat-removal rate can be 
further increased by adding nonpolymerizing condensable 
materials to raise the dew point (Jenkins et al., 1986). For a 
safe reactor operation, however, the gas-to-liquid ratio should 
be maintained at a level sufficient to keep the liquid phase of 
the two-phase flow in an entrained or suspended condition. 
Jenkins et al. (1986) recommended that the lev& of liquid in 
the recycle stream be between 2 and 12 wt. % and not exceed 
20 wt. %. The questions of how to optimize the space-time 
yield using condensed mode operation, and what is the upper 
limit of the liquid level in the fluidizing medium, have not 
been answered. Recently, DeChellis and Griffin (1994) devel- 
oped a method for maintaining stable reactor operation and 
fluidization by monitoring both the bulk density of the poly- 
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Figure 1. Industrial gas-phase polyethylene reactor 
system. 

mer and the recycle gas density, and controlling the composi- 
tion of the recycle stream to maintain desirable fluidization. 
As long as this monitoring is being done, DeChellis et al. 
(1995) suggested that a much higher level of condensation be 
permitted in the fluidized medium. The level of condensation 
in the recycle stream can be as high as 50 wt. %. 

However, very little is known about how to operate the 
process to obtain the maximum heat removal from the reac- 
tor. There is a lack of quantitative information about the ex- 
tent that noncondensable gases impede condensation heat 
transfer. Our goal is to maximize the heat-removal rate from 
polyethylene reactors, thus leading to a maximum production 
rate. Developing a mathematical model that describes the 
multicomponent condensation process of the recycle stream 
in the heat exchanger will help improve understanding of 
heat-removal phenomena involved in the system, and may 
lead to further improvements in production rate. The objec- 
tives of the current article are to employ the one-dimensional 
nonequilibrium model described by Jiang et al. (1997) to 
simulate multicomponent condensation in a vertical heat 
exchanger in a polyethylene reactor system; to analyze the 
sensitivities of model predictions to uncertainties associated 
with physical and transport property estimations; and to in- 
vestigate the effects of operating conditions of the heat ex- 
changer and reactor system on the heat-removal. rate from 
polyethylene reactors. 

Model Equations 
In a previous article (Jiang et al., 1997), we employed 
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nonequilibrium methods based on film theory for modeling a 
vertical single-pass shell-and-tube heat exchanger in an in- 
dustrial polyethylene reactor system. A detailed description 
of the model development can be found in that article. Only 
a list of the model equations and a brief description are given 
here. 

Consider a multicomponent vapor mixture condensing in- 
side a vertical tube. The vapor enters at the top of the tube 
with cooling water flowing countercurrent on the shell side. 
The differential material balance for each species of the mix- 
ture is 

d y  dL, _-  - - N . =  - - 
dA ' d A  i = l , 2 , .  . . , n ,  (1) 

where and Li are molar flow rates of component i in the 
vapor and liquid phases, respectively, and 8. is molar flux of 
component i. For the case of all components condensable 
(no component is completely noncondensable), the molar flux 
( N )  can be calculated by Eq. 2: 

where the total molar flux N, =EN,;  [ R v ]  is a matrix of 
zero-flux mass-transfer coefficients; and [S ]  is a matrix of 
correction factors to account for the high flux of mass trans- 
fer. Energy-balance equations can be derived for both the 
vapor flow and coolant flow, at the liquid/vapor interface, 
and at the tube wall, respectively. All energy balance equa- 
tions are summarized in Table l.  In Eqs. 3 and 4, q" is the 
conductive heat flux out of the bulk vapor phase. In Eqs. 4 to 
6, h,  is an overall heat-transfer coefficient accounting for the 
resistances to heat transfer in the condensate liquid, in the 
tube wall, and in the coolant; h ,  is the heat transfer coeffi- 
cient in the condensate liquid; and h ,  is the heat transfer 
coefficient accounting for the heat transfer resistances in the 
tube wall and in the coolant. Detailed discussions about 
methods for calculating matrix [ R V ]  and [ E l ,  heat flux q", 
and heat-transfer coefficients h ,  are given by Jiang et al. 
(1997). The model equations are completed by the following 
four assumptions: 

1. The liquid phase is completely mixed with regard to 
composition. In this case, the following relation exists for the 
composition in the interface and in the bulk liquid phase frc.7i 
a material balance along the flow path: 

Table 1. Energy Balance Equations 

Energy balance for the vapor phase 
A T V  

(3) 
.-. 

Energy balance at the liquid/vapor interface 

Energy balance at the wall 
h , ( T ' - T W ) = h , , ( T W - T C ) .  ( 5 )  

Energy balance for the coolant 
2-c 

~ ~~ ~ 
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x;= x; = L,/CL,.  (7) 

2. Equilibrium between liquid and vapor phases at the in- 
terface is assumed, so that 

y/  = K,x! i = 1,2 ,  . . . , n .  (8) 

3. The pressure is assumed constant throughout the heat 

4. The bulk temperature in the liquid phase is approxi- 

A numerical method for solving the model equations is de- 

exchanger. 

mated by TI- = (T '+ TW)/2.  

scribed by Jiang et al. (1997). 

Comparison with Industrial Data 
As described by Jiang et al. (19971, three correlation meth- 

ods were used for estimating h,, the heat transfer coefficient 
in the condensate film layer. It was found that Butterworth's 
(1983) method for shear-stress-controlled condensate flow 
gave the best agreement between the simulation results and 
industrial data. To have a more comprehensive look at the 
model predictions and their sensitivity to model and operat- 
ing parameters, three sets of operating data obtained from an 
industrial reactor for gas-phase copolymerization of ethyl- 
ene/butene and ethylene/hexene, respectively, and ethylene 
homopolymer, are compared with computer simulations. But- 
terworth's (1983) method for shear-stress-controlled conden- 
sate flow is utilized to estimate hL in these simulations. As 
shown in Figure 1, the available industrial data include the 
temperature T,:, pressure Pi,, flow rate M, and composition 
of the entering recycle stream, and the temperature T,",,, of 
the cooling water stream exiting at the top of the exchanger. 
The temperatures (TZ,  and 7';) of the vapor stream exiting 
and cooling water stream entering at the bottom of the ex- 
changer, are also measured. Simulations start at the top of 
the exchanger. The predicted temperatures at the bottom of 
the exchanger are compared with industrial data, which un- 
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Figure 2. Temperature as a function of the length of the 
exchanger-comparing simulation results 
with industrial data for copolymerizing eth- 
ylene-butene, (0) industrial data at the bottom 
of the exchanger. 
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Figure 3. Temperature as a function of the length of the 
exchanger-comparing simulation results 
with industrial data for polymerizing ethylene 
alone, (0) industrial data at the bottom of the 
exchanger. 

fortunately are the only available' industrial measurements. 
Figures 2, 3 and 4 show that the predicted outlet vapor phase 
temperature T;, and inlet cooling water temperature Ti', are 
close to the industrial data, within about k5 K for an ap- 
proximate 50 K difference of inlet gas temperature, Ti: and 
outlet vapor-phase temperature, TL,. The difference be- 
tween the calculated and measured temperatures at the bot- 
tom of the exchanger is likely due to an inaccurate estimation 
in K-values, or heat-transfer coefficients, or both. 

At the point where condensation begins, the wall tempera- 
ture TW suddenly increases. One possible explanation is that 
the heat-transfer coefficient between the liquid and wall is 
much higher than the value between the gas and wall, which 
results in an abrupt increase of Tw. Physically, condensation 
is expected as soon as the wall temperature is below the dew 
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figure 4. Temperature as a function of the length of the 
exchanger-comparing simulation results 
with industrial data for copolymerizing eth- 
ylene-hexene, (0) industrial data at the bot- 
tom of the exchanger. 
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point. In Figures 2-4, however, there exists a region in which 
the calculated wall temperatures are below the dew point, 
but the calculation assumes no condensation. It is likely be- 
cause Butterworth's (1983) method is not appropriate for cal- 
culating h L  at the beginning of condensation, since initially 
the tube is not completely wetted. Since initially only a tiny 
amount of condensed liquid is present, high vapor shear stress 
may result in high liquid entrainment, or breakdown of the 
continuous liquid film. As suggested by Rosson and Meyers 
(196.51, the methods for calculating h'- in the first period of 
condensation should be different from in the remaining part. 
Unfortunately, a better correlation for calculating h' was not 
found in this work. 

It should be noted that the initial interfacial temperatures 
(T ' )  in these three systems are all about 5 K lower than the 
dew-point temperatures corresponding to their entering va- 
por compositions. Since the pressure is assumed constant 
throughout the heat exchanger, it cannot account for the dif- 
ference. The reason for the difference is that the composi- 
tions at the liquid/vapor interface are different from those in 
the bulk vapor phase. This phenomenon can be illustrated 
using the computational results for the case of copolymeriz- 
ing ethylene and butene in Figure 5. The composition pro- 
files of three components are depicted in Figure 5, where the 
cross symbols represent the mole fraction, Y', at the 
liquid/vapor interface, and the solid curves represent the 
mole fraction, Y", in the bulk vapor phase. It can be seen 
that butene and isohexane compositions at the interface are 
lower than those in the bulk vapor phase; however, the non- 
condensable nitrogen mole fraction at the interface is higher 
than in the bulk vapor phase. In general, heavier (or less 
volatile) components have smaller diffusivities with respect to 
the mixture, while at the same time they have higher flux to 
the liquid-vapor interface than lighter (or more volatile) 
components. As heavier components move toward the inter- 
face, lighter components are swept to the interface as well by 
the fluxes of the heavier components. A dynamic equilibrium 
is set up, with relatively lighter or noncondensable gases ac- 
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Figure 5. Mole fraction of several components as a 

function of the length of the exchanger. 

2076 August 1997 

cumulated at the liquid/vapor interface and less heavy or 
condensable components near the interface, resulting in the 
interface temperature, TI,  being lower than the bulk vapor- 
phase temperature, T". This temperature difference (T" - 
T I )  creates a heat-transfer resistance in the liquid/vapor 
boundary layer. In turn, condensable components have to dif- 
fuse through noncondensable gases under the influence of 
their concentration gradients. Furthermore, Figure 5 shows 
that the difference (Y "- Y ' )  between the bulk vapor-phase 
mole fraction and the interfacial mole fraction for isohexane 
is larger than the value for butene. Hence, the simulation 
results demonstrate that the condensation driving force for 
isohexane is larger than the condensation driving force for 
butene, which is why more isohexane is condensed in the liq- 
uid phase. 

Overall, starting the calculation from the top of the ex- 
changer, the computation results obtained in this work can 
predict the temperatures at the bottom of the exchanger 
within an accuracy of about 55 K for an approximate 50 K 
difference of (Ti: - Td;;,). Reasonable results are also ob- 
tained for calculating the starting dew-point temperature and 
composition profiles in the vapor phase. 

Model Sensitivity Analysis 
Model sensitivities to the uncertainties in physical and 
transport property estimations 

The steady-state model developed by Jiang et al. (1997) 
involves extensive physical and transport properties. How- 
ever, there is little guidance in the literature concerning the 
uncertainties associated with physical and transport property 
estimates. Although the physical property estimation meth- 
ods used here are the most appropriate methods among the 
available techniques described by Reid et al. (1987), it is im- 
portant to analyze the sensitivity of the model predictions to 
the uncertainities related to physical and transport property 
estimates, so that one can understand the factors that affect 
model predictions. The physical and transport properties 
explicitly appearing in the model equations include heat ca- 
pacity, c;, in the vapor phase, K values, and partial molar 
enthalpies of vaporization, Ah, .  All the other physical and 
transport properties are used to estimate heat and mass- 
transfer coefficients, and therefore are implicit. The effect of 
the errors in physical and transport property estimates on the 
model predictions can be evaluated by looking at the changes 
of the major quantities that determine the performance of 
the heat exchanger, such as the heat-removal rate, the tem- 
perature drop, and the level of condensation. 

Detailed descriptions of estimation methods for different 
physical and transport properties were given by Jiang (1997). 
Some of physical and transport properties are listed in Table 
2, along with their corresponding expected prediction errors 
(Reid et al., 1987) and the uncertainties employed in sensitiv- 
ity analyses for both the liquid and vapor phases. Since the 
two transport properties-heat capacity and diffusion coeffi- 
cient-are only used in the model for vapor-phase calcula- 
tions, corresponding prediction errors and uncertainties in the 
liquid phase are not required. A base case was chosen to 
perform sensitivity analysis according to the typical operating 
conditions of the heat exchanger and reactor system in indus- 
try. The specification of conditions at the top of the heat 
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Table 2. Expected Estimation Errors in Predicted Physical 
and Transport Properties 

Physical or Thermal Heat Diff. 
Transport Propcrty Density Conduct. Vis. Capacity Coeff. 

phase errors 
Vapor Expected- 5 4 %  8-9% 4% 

Uncertainties +3% +8% +9% +3% +4% 
chosen in 
sensitivity 
analysis 

Liquid Expected 5% 10-15% 
phase errors 

Uncertainties f 5 %  f 15% f 15% 
chosen in 
sensitivity 
analysis 

exchanger for this base case is shown in Table 3, which, in 
fact, is used throughout this article for all sensitivity analysis 
and investigation of the effects of operating conditions on 
heat removal. The results for the three major quantities of 
interest were obtained for this base case as shown in Table 4. 
For each property, its lower and upper limits in the uncer- 
tainty range were used, keeping all the other property esti- 
mation methods unchanged to get a set of major quantities, 
which were then compared to those of the base case. Thus, 
only individual effects of the property estimation uncertain- 
ties have been analyzed. It can be seen from Table 4 that the 
model predictions are more sensitive to the property estima- 
tion errors in the vapor phase than in the liquid phase, prob- 
ably because both mass- and heat-transfer calculations are 
performed in the vapor phase, while only heat-transfer calcu- 

Table 3. Specification of Conditions at the Top of the 
Heat Exchanger for Base Case 

Mole fraction of each 2-Methylpentane 0.036801 
component 

Entering dimensionless 
temperature of the 
recycle gas mixture 

Total flow rate of the 
recycle gas mixture 

Exiting dimensionless 
cooling-water temperature 

Coolant flow rate 

Pressure in the heat 
exchanger 

Tube diameter 

Ratio of tube length 
to tube diameter 

Heat transfer coefficient 
in the coolant side 
(assumed const.) 

Isopentane 
n-Butene 
Ethane 
Ethylene 
Nitrogen 
Methane 
Hydrogen 

Ti: 

kg/s per tube 

kg/s 
atm 

m 

WAm*.K) 

0.006394 
0.121930 
0.042039 
0.346206 
0.162852 
0.021302 
0.262476 

1.130 

0.1682 

1.029 

0.340 

22.86 

0.0221 

579.19 

13,500* 

*The value of heat-transfer coefficient in the coolant side was calculated 
according to the geometry of a typical heat exchanger used in polyeth- 
ylene reactor systems. 
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Table 4. Effects of Uncertainties of Physical and Transport 
Property Estimation on the Performance of the 

Heat Exchanger 
~~~~~ ~ 

Heat Temp. 
Removed Drop 

Properties Quantities /Tube (T,: - T;,) Condens. 
Base Case 29.253 kJ/s 47.48 K 13.466 wt. % 

Deviations from Base Case 
Density p" X(100-3)% -0.349% -0.07 -0.628% 

p" X(100+3)% +0.297% +0.06 +0.540% 
pL X(100-5)% +0.181% +0.06 +0.251% 
pL X(100+5)% -0.168% -0.06 -0.234% 

Thermal AvX(100-8)% -1.039% -0.69 - 1.614% 
conductivity AV X (100 + 81% + 1.080% + 0.60 + 1.456% 

hL X(100+15)% +0.577% +0.18 +0.798% 

Viscosity 7" X (100 - 9)% + 1.477% + 0.61 + 2.280% 

AL X(100-15)% -0.786% -0.26 -1.124% 

~"X(100+9)% -1.207% -0.57 -2.142% 
qL X(100-15)% +0.362% +0.12 +0.512% 
7) X (100 + 15)% - 0.267% - 0.09 - 0.392% 

Heat capacity cv X(100-3)% - 1.190% -0.23 - 1.500% 
ofvapor c p  X(100+3)% +1.316% +0.25 +1.590% 

Diffusion D, X (100 - 4)% + 0.304% + 0.04 + 0.587% 
coefficient D;, X (100 + 4)% - 0.287% - 0.03 -0.597% 

e 

lations are important in the liquid phase. Comparing the three 
predicted quantities, the temperature drop is the least af- 
fected, while the total condensation rate is the most affected. 
The maximum uncertainty was found to be 2.28% when pre- 
dicting the level of condensation, caused by the uncertainties 
of viscosity in the vapor phase. Larger uncertainties of the 
model predictions could result from combinations of errors 
in the physical properties. The effects of physical property 
prediction errors on individual component condensation rates 
are very small and are not shown in Table 4. In summary, the 
simulation results have indicated that the model predictions 
are not particularly sensitive to uncertainty in individual esti- 
mates of density, thermal conductivity, viscosity, heat capac- 
ity, or diffusion coefficients. 

There are two other properties- K values and partial en- 
thalpies of vaporization-that were not included in Table 4, 
because they are phase-equilibrium-related properties and are 
quite different from typical volumetric, energetic, or trans- 
port properties of fluids of known composition. In this case, 
we are interested in the partial properties of the individual 
components that constitute the mixture. To find partial prop- 
erties, one must differentiate data with respect to composi- 
tion. Whenever experimental data are differentiated, there is 
a loss of accuracy. Therefore reliable experimental data re- 
lated to phase-equilibrium properties are difficult to obtain, 
and the sizes of possible estimation errors are hard to know. 
It is not surprising that phase-equilibrium-relatqd calcula- 
tions are less accurate than other properties. For K values 
and partial enthalpies of vaporization, it is appropriate to 
perform sensitivity analyses based on predictions made using 
different estimation techniques. 

Table 5 gives a detailed description of the methods for 
calculating K values and differential enthalpies of vaporiza- 
tion. Methods for calculating K values can be divided into 
two categories according to the two major forms of equations 
-Eqs. 7 and 9-in Table 5. The first of these two categories 
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Table 5. Estimation Methods for K Values and Partial Molar Enthalpy of Vaporization 

Quantities 7: a, v a, L 

Using an equation of state 
Soave Soave 

(7) equation equation 4, L 

' 4 v  
K =- 

(8) 
ln 4," 

P, x 

Using the Chao-Seader correlation 
Redlich- Regular solution Chao-Seader 

(9) theory correlation Kwong equation 

uses an equation of state applicable to both liquid and vapor 
phases to calculate the fugacity coefficients for each compo- 
nent in the two phases. The methods in this category differ 
from each other according to the equations of state. In the 
second category, an activity coefficient y, in the liquid phase, 
a pure liquid fugacity coefficient @FL, and a fugacity coeffi- 
cient miV in the vapor phase are used to carry out out the 
calculations. In this case, different combinations of methods 
for evaluating yj,  @yL, and QiV result in various ways of esti- 
mating K values. The widely applied Chao-Seader method 
is one such combination. Estimation techniques for the dif- 
ferential enthalpy of vaporization for each component follow 
directly the same methods of calculating GiV, aiL, yi, and 
@yL, as shown by Eqs. 8 and 10. A detailed comparison of 
different methods for calculating K i ,  made by Daubert et al. 
(1979), indicated that, overall, the Soave equation and 
Peng-Robinson equation are generally more successful than 
other methods. 

If Eq. 9 is used to evaluate K values, the activity coeffi- 
cient yi is commonly approximated by assuming that yi is 
independent of pressure at constant composition and tem- 
perature (Reid et al., 1987, 338), which is sensible at low or 
modest pressures. However at higher pressures, the effect of 
pressure on liquid-phase properties can be significant, and 
such an assumption is questionable. Moreover, in this case, 
there are several supercritical components, such as hydrogen 

and nitrogen. Estimation of pure liquid fugacity coefficients, 
@pL, involves pure liquid molar volume calculations. For a 
supercritical component, its pure liquid at system tempera- 
ture and pressure is hypothetical, hence the accuracy of pure 
liquid molar volume estimation is unclear. Using an equation 
of state applicable to both phases' K values can be calculated 
conveniently, however, especially for systems at high pres- 
sures and involving supercritical components. Knapp et al. 
(1982) performed a comprehensive review of the calculation 
of K values using equations of state. They considered four 
equations of state including Soave's modification of the 
Redlich-Kwong equation and the Peng-Robinson equation, 
and found that it is not possible to conclude that of the four 
equations, one particular equation is distinctly superior to the 
others. 

Based on the preceding discussion, the Soave equation is 
employed in our model predictions. The set of model-predic- 
tion results referred to as the base case (method 1 in Table 6) 
was actually obtained using the Soave equation of state to 
evaluate both the K values and the differential heats of 
vaporization. The Chao-Seader correlation is the most pre- 
ferred method in the second category because it is very use- 
ful in handling the problem of supercriticality. Hence, model 
sensitivities to uncertainties in phase-equilibrium-related 
properties were analyzed by comparing the results obtained 
by method 1 in Table 6 (the base case) with those by methods 

Table 6. Effect of Different Methods on the Prediction of K Values and Partial Molar Enthalpy of Vaporization 

Method 1 Method 2 Method 3 Method 4 Method 5 
Chao-Seader 

Equation of State K ,  by Eq. 7 K,  by Eq. 9 K ,  by Eq. 9 K ,  by Eq. 7 
K ,  by Eq. 7 Ah,  by Eq. 10 Ah, by Eq. 10 Ah,  by Eq. 8 Ah,  by Eq. 8 
Ah, by Eq. 8 (Dev. from Method 1) (Dev. from Method 1) (Dev. from Method 1) (Dev. from Method 1) 

Correlation Peng-Robinson Eq. 

Methods 
Heat rernoved/tube 29.253 kJ/s - 0.280% + 25.238% +31.238% - 1.605% 
Temperature drop 47.48 K -0.08 K + 1.37 K +3.28 K -0.21 K 
Condensation 13.466 wt. % -0.312% + 83.299% + 89.254% -3.371% 

Inlet Mode 
Fraction Outlet Mole Fraction in the Liquid Phase 

2-Methylpentane 0.036801 0.4042 0.4046 0.2357 0.2328 0.4032 
Isopentane 0.006394 0.0414 0.0414 0.0295 0.0296 0.0412 
n-Butene 0.12193 0.3833 0.3830 0.3435 0.3475 0.3822 

Ethylene 0.346206 0.1307 0.1307 0.1588 0.1600 0.1320 
0.0088 0.2039 0.2014 0.0091 Nitrogen 0.162852 0.0088 

0.0027 0.0026 0.0093 Hydrogen 0.262476 0.0086 0.0086 

Ethane 0.042039 0.0218 0.0218 0.0244 0.0246 0.0220 
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2-5 (corresponding to four different combinations of Eqs. 7 
to 10). It can be seen that for method 2, where K i  values are 
calculated by using the Soave equation (Eq. 71, but Ahi val- 
ues are estimated by the Chao-Seader correlation (Eq. lo), 
the three major quantities differ only slightly from those in 
the base case (method 1). There are also small differences in 
the outlet liquid phase composition compared to the results 
in the base case. If both Ki and Ahi are evaluated by the 
Chao-Seader correlation (method 3), the total condensation 
rate is increased by as much as 83% and the heat-removal 
rate is increased by 25%; however, the temperature drop is 
only increased by about 1.37 K. The resulting compositions in 
the outlet liquid phase are substantially different from the 
first two cases, in which K values are calculated by the Soave 
equation. One of the extraordinary results found here is that 
the outlet mole fraction of nitrogen in the liquid phase is as 
high as 20.39?&, even higher than its mole fraction in the en- 
tering vapor mixture. This is obviously not reasonable for a 
sparingly soluble gas like nitrogen. This result supports the 
conclusion that equations of state are more successful than 
other methods for calculating K values for a system contain- 
ing supercritical components at high pressures. The presence 
of nitrogen in this system is probably one cause of unsuccess- 
ful predictions by the Chao-Seader correlation. If we look at 
method 4, where K j  values are calculated by the Chao- 
Seader correlation, while Ahi are estimated by the Soave 
equation, similar results are obtained as with method 3. This 
is not surprising because in both methods 3 and 4, K values 
are calculated using the Chao-Seader Correlation. If as ex- 
pected, both K ,  and A h i  are calculated using the 
Peng-Robinson equation of state (method 51, the results are 
very close to those obtained using the Soave equation (method 
1). In summary, simulation results indicate that the model 
predictions are sensitive to the methods used for calculating 
K values, but are not as sensitive to the methods for estimat- 
ing partial enthalpies of vaporization. 

In conclusion, among all the physical and transport proper- 
ties used in the model equations, K values are the main 
properties whose estimation accuracy significantly affects the 
model predictions. When gas-phase fluidized-bed polyeth- 
ylene reactors are operated in condensed mode, the recycle 
stream is usually condensed at high pressure with the pres- 
ence of some supercritical components at the operating tem- 
perature. It can be seen that an equation of state applicable 
to both the liquid and vapor phases gives better predictions 
of K values than the Chao-Seader correlation. Both Table 4 
and Table 6 show that related to physical and transport prop- 
erty estimation errors, the model predictions differ by less 
than 0.70 K for temperature, less than 3.4% for condensation 
rate, and less than 1.7% for heat removal rate, if K values 
are calculated by two different equations of state applicable 
to both the liquid and vapor phases. 

Model sensitivities to section length and convergence 
criteria 

As described by Jiang et al. (1997), the set of differential 
material and energy balance equations can be converted to 
algebraic equations using finite difference approximations. 
When solving the model equations, the heat exchanger is di- 
vided into a number of sections. In each section, the set of 

resulting algebraic equations is solved by Newton's method 
combined with a globally convergent strategy. The physical 
and transport properties in the set of algebraic equations can 
be estimated using the values of mole fractions and tempera- 
tures: (1) at the beginning of each section, (2 )  at the end of 
each section, or (3) using the arithmetic average of mole frac- 
tions and temperatures at the beginning and at the end of 
each section. Taylor et al. (1986) found that for a given choice 
of section length, all three methods yield quite similar predic- 
tions of the total amount condensed and of the heat re- 
moved, while using the arithmetic average values predicts 
fairly accurately the composition and the temperature of the 
exit stream if noncondensable or sparingly soluble gases are 
present. Thus, in all the simulations of this work, the average 
values of the mole fractions and temperatures at the begin- 
ning and at the end of each section are used to estimate 
physical and transport properties within the section. 

The cost of computation depends directly on the step size. 
Using a large section length, the number of times that the 
model equations must be solved decreases, leading to a re- 
duction in computational time. However, large section lengths 
can cause a loss in simulation accuracy. Therefore, determin- 
ing an acceptable size of length increment is necessary. Tay- 
lor et al. (1986) found that condenser design or simulation 
calculations can be satisfactorily carried out with length in- 
crements in the range of 25-50 cm. The choice of section 
lengths for satisfactory simulations will be discussed based on 
the available industrial data. Since most significant changes 
are expected at the beginning of condensation, simulation ac- 
curacy could strongly depend on the place where condensa- 
tion starts and the step size in sections around that location. 
A trial-and-error method is actually used to make sure con- 
densation starts as early as possible. Smaller section lengths 
are employed during the early stages of condensation to avoid 
inaccurate calculations. Another reason for choosing smaller 
section lengths is that convergence problems are most severe 
in the sections closest to the beginning of condensation. 
Therefore, no matter what step size is chosen in the follow- 
ing discussion, the section length at the start of condensation 
(4 or 5 sections) is always about 5-10 cm and is smaller than 
in the remaining part of the exchanger. 

Choosing different section lengths, the corresponding com- 
putational times and the values of major quantities were ob- 
tained and are listed in Table 7. Comparing the results 
obtained by using step sues of 12.80 cm and 102.44 cm for an 
exchanger with an overall length of more than 10 m, it can be 
seen that the relative discrepancy in the predictions of the 
condensation rate is 1.21%, which is less than the maximum 
uncertainty 3.37% relative to K value estimations. There- 
fore, length increments in the 25-50-cm range appear to be 
quite acceptable section lengths for simulations of this indus- 
trial heat exchanger. 

A second concern is convergence toward the'solution. For 
a set of nonlinear equations of the form: 

using Newton's method combined with a globally convergent 
strategy, the new step is 

(12) 
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Table 7. Model Sensitivities to Step Size and 
Convergence Criterion 

Heat Quantities 
Section Comput. Removed/ Temp. Condens. 

Length, cm Time, s Tube, kJ/s Drop, K wt. % 

102.4 149.6 28.979 47.20 13.318 
51.2 247.1 29.169 47.40 13.418 
25.6 306.7 29.253 47.48 13.466 
12.8 695.9 29.290 47.51 13.481 

Heat 
Convergence Comput. Removed/ Temp. Condens. 

Criterion Time, s Tube, kJ/s Drop, K wt. % /F < 2.0 306.7 29.253 47.48 13.466 

/% < 2.0X l o - ‘  594.6 29.273 47.48 13.463 

/F < 2.0 X 10- * 639.6 29.273 47.49 13.463 

4’ < 2.0X 597.4 29.273 47.49 13.463 
i =  1 

where 

and 8 is a parameter with values in the range of 0.0 < 8 I 1.0. 
For the systems we are investigating the typical unscaled val- 
ues of the discrepancy function Fj can vary from the magni- 
tude of to lo’’, and the resulting Jacobian matrix [ J ]  
could be ill-conditioned, leading to very slow convergence or 
no convergence at all. The unscaled values of unknowns, X i ,  
also range from the magnitude of to To reduce 
convergence problems, the values of both the unknown vari- 
able Xi and discrepancy function Fj were scaled so that their 
typical values were all of order unity. It was found that there 
were still some convergence difficulties when solving the set 
of nonlinear equations in some sections along the length of 
the heat exchanger, especially if the convergence criterion was 
very small. The reason is that it is difficult to achieve the 
same convergence criterion for equations representing mass 
and heat transfer. The heat-transfer equations tend to con- 
verge 10, times more slowly than mass-transfer equations. In 
globally convergent methods, a searching process is involved 
to find a 8 so that f(X,,, + OSX) has decreased sufficiently, 
where f is defined by 

f = F -  F/2. (14) 

That means that even for a relatively large convergence crite- 
rion, the actual values of f could be very much smaller than 
the convergence criterion because there is a continuing 
searching process to minimize f for each new step. In fact, 
when solving the model equations, f is of order in most 
sections, with only several exceptions, even if the overall con- 
vergence criterion is as large as 2.0. On the other hand, the 
magnitude of temperature is much greater than other mass 

and composition variables in the unknown variables, but it is 
not necessary to have the same calculation accuracy for tem- 
peratures, because there is no necessity for temperature pre- 
dictions as accurate as 0.001 K in industrial simulations. 

The sensitivities of model predictions to the choice of con- 
vergence criteria were performed and the results are shown 
in Table 7. It can be seen that for convergence criteria rang- 
ing from 2.0 to 2.0 X the condensation rate and tem- 
perature are almost unaffected, as expected, and the relative 
discrepancy is less than 0.7% between the predictions of the 
heat removal rate. It should be noted that no matter what 
overall convergence criterion was chosen, the model equa- 
tions converged within in most cases, with only several 
occasions near the convergence criteria shown in Table 7. For 
different convergence criteria, therefore, different step sizes 
are selected; these different step sizes also account for differ- 
ent computer times and simulation results. 

From the preceding analysis, it can be seen that, if the 
model equations are solved using Newton’s method combined 
with the globally convergent strategy, choosing a convergence 
criterion as high as 2.0 does not significantly influence simu- 
lation results compared to the results obtained using a con- 
vergence criterion of 2.0~ 

Effects of Operating Conditions on the Heat- 
Removal Rate 

In the previous two sections, good agreements have been 
obtained between the model simulation results and the in- 
dustrial operating data. The results of model sensitivity anal- 
ysis have indicated that if K values are estimated using an 
equation of state applicable to both the liquid and vapor 
phases, the model predictions are not sensitive to the uncer- 
tainties related to physical and transport property estima- 
tions. It has also been demonstrated that appropriate step-size 
and convergence criteria were selected when solving the 
model equations. Based on these results, one can now use 
the model to investigate the effect of operating conditions on 
heat removal from the reactor, especially the effect of non- 
condensable gases on condensation heat transfer. 

The final result of the heat-removal rate for a particular 
amount of recycled stream depends on the joint operating 
conditions of the heat exchanger and reactor system. In order 
to have a better understanding of how different operating 
conditions affect heat removal, the effects of individual fac- 
tors were investigated first. Changing only one operating vari- 
able at a time and keeping all the other conditions un- 
changed, the resulting major quantities representing the per- 
formance of the heat exchanger were compared to the base 
case (see Table 8). The four operating conditions chosen here 
are the conditions most commonly adjusted without changing 
the catalyst system or the process equipment in industry. 

To further increase heat removal, Jenkins et al. (1986) sug- 
gested that the dew point of the recycle stream be increased 
by adding a condensable fluid, which is inert to the catalyst, 
reactants, and the products of the polymerization reaction, to 
the recycle stream. Examples of suitable inert condensable 
fluids may be selected from saturated hydrocarbons contain- 
ing from 2 to 8 carbon atoms, such as n-pentane, isopentane, 
n-hexane, and isohexane. Isohexane was chosen for this simu- 
lation study. In the recycle gas mixture, both H, and N, are 
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Table 8. Effects of Individual Factors on the Performance 
of the Heat Exchanger 

Heat Removed Temp. Drop 
Quantities flube AT = T L  - TL, Condens. 
Base case 29.253 kJ/s 47.48 K 5.692 mol % 

Deviation from Base Case 
36.84 mol % of N, + 68.88% +0.65 + 183.33% 

replaced by C,H 

replaced by N2 
6.14 mol % of C,H,, - 16.00% - 0.60 - 37.36% 

Inlet cooling water 7' +51.43% + 15.16 +69.35% 
- 16.55 K 

Inlet cooling water T - 50.47% - 15.21 - 73.94% 
+ 17.46 I( 

Inlet gas flow rate - 7.70% - 3.20 - 14.04% 
+ 30.00 wt. ''40 

Inlet gas flow rate + 6.80% + 2.72 + 13.40% 

Cooling-water flow rate +5.72% + 2.35 + 11.21% 

- 30.00 Wt. % 

+55.90 wt. '% 

- 37.35 wt. % 
Cooling-water flow rate - 9.99% - 4.24 - 18.94% 

noncondensable gases, but H, is used as a polymerization 
chain transfer agent, and no change can be made to its level 
without affecting product quality. However, N, is merely an 
inert gas used to carry the catalyst into the reactor, and 
therefore might be replaced by a fluid like C6H,, (isohexane). 
If the compositions of other components remain unchanged, 
replacing 36.84% of the original N, by an equal number of 
moles of C,H the heat-removal rate is increased by 68.88%, 
the exiting vapor temperature is 0.65 K lower than before 
(the entering vapor temperature Ti: is fixed in all the cases), 
and total mole percentage condensed is increased by 183.33%. 
Replacing 36.84% of N, by C,H,, makes the recycle gas 
mixture condense right at the inlet of the heat exchanger. 
This is the highest level that could be tolerated in the reactor 
system. If some of the condensable gas, C6HI4, is replaced by 
noncondensable N, to increase the mole fraction of N, by 
6.14%, both the heat-removal rate and total mole percentage 
condensed are decreased substantially. The reason that N, 
was not increased by as much as 36.84% is that the recycle 
gas mixture will not condense at all under these conditions. 

If the entering cooling-water temperature is reduced by 
16.55 K, the heat-removal rate is increased by 51.43%, the 
level of condensation is increased by 69.35%, and the outlet 
vapor temperature is decreased significantly, to 15.16 K lower 
than in the base case. Thus, in this case, heat removed is 
increased by both the greater temperature difference and the 
higher level of condensation. When replacing noncondens- 
able gas by a condensable material, however, the heat-re- 
moval rate is increased mainly due to the higher level of con- 
densation. Looking at the changes in the major quantities 
from increasing the recycle gas flow rate, it can be seen that 
raising the inlet gas flow rate by 30.00%, the heat-removal 
rate is not reduced as significantly as in the first two cases. If 
the cooling-water flow rate is increased by 55.90%, the heat- 
removal rate only increases by 5.72%. On the other hand, the 
heat-removal rate is only decreased by 10% if the cooling- 

water flow rate is reduced by 37.35%. This one-factor-at-a- 
time testing indicates that the concentration of noncondens- 
able gas and entering-cooling-water temperature are two 
variables that substantially influence the heat removal from 
the reactor. However, changing the cooling-water flow rate 
does not have a large effect on the heat-removal rate. From 
the point of view of industrial practice, reducing cooling-water 
temperature may not be possible without significantly in- 
creasing operating or capital costs. Replacing a portion of the 
N, by a suitable inert condensable fluid may be a much more 
convenient option. 

With the cooling-water flow rate held constant, a complete 
three-factor-two-level factorial simulation experiment was 
carried out to investigate any possible joint influences of more 
than one factor on the performance of the heat exchanger 
and reactor system. It was shown that two-factor interactions 
and three-factor interactions are not significant (Jiang, 1997). 

Discussion and Conclusions 
Using the one-dimensional nonequilibrium model for 

the multicomponent condensation described by Jiang et al. 
(19971, a vertical heat exchanger in an industrial polyethylene 
reactor system has been simulated at industrial conditions 
corresponding to ethylene homopolymerization, and copoly- 
merization of both ethylene/butene and ethylene/hexene. 
The sensitivities of model predictions to the uncertainties in 
physical and transport property estimations and to the choices 
of step size and convergence criterion were analyzed. The 
effects of operating conditions on the rate of heat removal 
from the reactor were investigated, leading to the following 
conclusions: 

1. Reasonable results and good agreement between simu- 
lation results and industrial measurements have been ob- 
tained when simulating multicomponent condensation in a 
vertical heat exchanger in an industrial polyethylene reactor 
system. Starting our calculation from the top of the heat ex- 
changer, it was found that the model can predict the outlet 
temperature of the vapor mixture TAt and the entering cool- 
ing water temperature Ti', within an accuracy of & 5 K for an 
approximate 50 K difference between inlet gas temperature 
Ti: and outlet vapor phase temperature TLt. 

2. Except for K values, the model predictions are not par- 
ticularly sensitive to the expected uncertainties associated 
with all the other physical and transport property estima- 
tions. In industrial polyethylene reactor systems, the recycle 
gas stream is condensed at high pressure. Under the operat- 
ing temperatures of the heat exchanger, supercritical compo- 
nents are involved in the recycle gas mixture. Therefore, it is 
recommended that an equation of state applicable to both 
the liquid and vapor phases be utilized to calculate the K 
values. Using two different equations of state to calculate the 
K values, the differences in model predictions were less than 
0.70 K in temperature predictions, less than 3.4% in conden- 
sation rate predictions, and less than 1.7% in heat-removal 
rate predictions. 

3. Model simulations quantitatively demonstrate why, and 
how severely, noncondensable gases impede condensation 
heat transfer. Replacing a portion of noncondensable gas N, 
with a condensable fluid can substantially increase the heat 
removal using the latent heat of vaporization, since both the 
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gas and the  fluid are inert t o  polymerization reactions. Re- 
ducing the cooling-water temperature is also an effective way 
of enhancing heat transfer. 
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Notation 
A = interfacial area, m2 

Aou,s = the surface area of the tube outside, m’ 
Di = Fickian diffusivity for binary mixture, m2 - s- ’ 
( F j =  vector of dependent functions 
K ,  = vapor/liquid equilibrium constants 

m y =  total molar flow rate of the va or mixture, kmol-s-’ 
m c =  coolant mass flow rate, kgas- 

x =  mole fraction in liquid phase 
X =  vector of independent variables 
y = mole fraction in vapor phase 
r )  = viscosity, Pa * s 
A = thermal conductivity, W * m-* K-’ 
p =  density, k g . ~ t - ~  

P 
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